Liquid spreading in gas-liquid concurrent trickle-bed reactors is simulated using an Eulerian twofluid CFD approach. In order to propose a model that describes exhaustively all interaction forces acting on each fluid phase with an emphasis on dispersion mechanisms, a discussion of closure laws available in the literature is proposed. Liquid dispersion is recognized to result from two main mechanisms: capillary and mechanical (Attou and Ferschneider, 2000; Lappalainen et al., 2009-b).
INTRODUCTION
Trickle-bed reactors (TBRs) are widely used in refining industry, particularly in hydro-treatment processes, and continue to mobilize R&D efforts, especially with the growing constraints on sulphur level in diesel and gasoline (Boyer et al., 2005; Martinez et al., 2012) . In these reactors catalyst particles are packed to form a fixed bed where, most commonly, liquid and gas reactants flow downwards in cocurrent mode of operation (Wang et al., 2013) .
Liquid distribution in trickle bed reactors is a key hydrodynamic criterion for the reactor performance. A poor liquid distribution can basically result in poor utilization or precocious deactivation of the catalyst and may induce local hot spots and low reactor efficiency (Atta et al., 2007; Martinez et al., 2012) . It is therefore crucial to investigate liquid spreading in trickle-bed reactors and, ideally, develop predictive models to capture the liquid distribution based on fundamental understanding of hydrodynamic phenomena in such systems. Since pilot-scale experiments are usually time-consuming and costly, their deployment is often restricted to narrow ranges of operating, geometrical and physical conditions (Lappalainen et al., 2011) . Numerical modelling has, in response, been indisputably ushering pilot-scale testing as an attractive strategy in studying hydrodynamics in trickle-bed reactors and should help assess proper design of such systems.
Many experimental studies have focused on liquid spreading in trickle-bed reactors. Most of these studies have been carried out on laboratory scale columns equipped with collectors to measure liquid flux patterns at the outlet section of the trickle-bed (Cihla and Schmidt, 1957; Saroha et al., 1998; Li et al., 2000; Marcandelli et al., 2000 , Kundu et al., 2001 all cited in Atta et al., 2007) . Nonintrusive tomography and video imaging techniques have been also deployed over the last two decades since they allow acquiring quantitative data on liquid distribution at different bed locations (Harter et al., 2001, Boyer and Fanget, 2002; Boyer et al., 2005) . Atta et al. (2007) made a literature survey on parameters affecting liquid distribution in trickle-bed reactors. Particles size and shape, particles surface wettability, physicochemical properties of liquid as well as operating gas and liquid flow rates are found to have an impact on liquid spreading. However one should point out a lack of quantitative experimental data that allow proper modelling of liquid spreading for given operational, geometrical and liquid physicochemical properties. In this contribution a new extensive set of experimental data based on γ-ray tomography technique already validated in Boyer and Fanget (2002) and Boyer et al. (2005) is presented. Liquid spreading in a trickle-bed reactor is characterized through liquid hold-up and pressure drop measurements for different particle sizes, and liquid and gas flow rates.
As far as TBRs numerical modelling is concerned, many approaches have been considered hitherto to solve for the two-phase flow in trickle-bed reactors. Wang et al. (2013) made a literature survey of trickle-bed reactors modelling and pointed out two main methods base on Eulerian description, where gas and liquid are treated as interpenetrating continua: volume of fluid method and EulerEuler method. In the first, a surface tracking technique is used to solve for gas-liquid interface requiring an adapted refined mesh which makes the method applicable for relatively small bed scales (Raynal et al., 2007; Lopes and Quinta-Ferreira, 2010; Haroun et al., 2012; Haroun et al., 2014 ).
The second, based on an averaging method of local gas and liquid mass and momentum conservation equations is represented through an "effective porous medium" (Wang et al., 2013) .
Since these models do not simulate directly the flow over the real physical geometry, one should deal with a closure problem where interactions with the solid surface of particles, as well as fluidfluid interactions should be accounted for through specific closure laws. Wang et al. (2013) summarized the main phenomenological models set up so far to account for these interactions: (i) the relative permeability model (Saez and Carbonell, 1985 ) , (ii) the slit model (Holub et al., 1992 ) and (iii) the fundamental force balance model (Attou et al., 1999 in Wang et al., 2013 . In order to account for dispersion inherent to the trickle-bed structure, several models have been proposed as well (Grosser et al., 1988; Lappalainen et al., 2009-a&b; Attou and Ferschneider, 2000) .
In this contribution, CFD (Computaional Fluid Dynamics) is used to investigate liquid spreading in gas-liquid flow in trickle-bed reactors using Euler-Euler approach. Closure laws as regards fluidsolid interactions, gas-liquid interaction, and exhaustive dispersion mechanisms are discussed based on a literature survey. The retained models have been then implemented as body source terms in momentum conservation equations within ANSYS Fluent 14.5 environment. Simulations were carried out for different particle diameters and void fractions in order to investigate the impact of bed geometry on liquid spreading as well as of gas and liquid flow rates.
Simulation results were then validated upon experimental data of liquid distribution obtained from the literature (Marcandelli et al., 2000 and Boyer et al., 2005) and our own experimental data.
In light of these simulations, a discussion of predominant dispersion mechanisms depending on bed geometrical characteristics as well as operating flow rates is proposed. The ability of the model presented in this paper to assess accurate prediction of liquid spreading in trickle-bed reactors is then highlighted.
Eulerian-Eulerian two-fluid model
In order to solve for hydrodynamics at the macro-scale of a gas-liquid TBR, a two-fluid approach (Euler-Euler) has been used. Derivation of conservation equations at macro-scale results from averaging pore-scale Navier-Stokes equations over representative volumes that contain significant number of pores but remain small when compared to the trickle-bed size. Derivation of the generic Euler-Euler model equations for porous media using averaging procedure has been described in several works (Whitaker, 1973 (Whitaker, , 1986 (Whitaker, , 1999 . Moreover, adapted averaging volumes for trickle-bed reactors where liquid flows as a film that is sheared by gas flow have been also proposed by taking into account partial bed wetting (Attou et al., 1999; Iliuta and Larachi, 2005) .
Averaging procedure gives rise to several terms containing pore-scale information such as local pressure and velocity deviations. These terms require closure laws in order to solve for the macroscale problem (Whitaker, 1986; Mewes et al., 1999; Liu, 1999; Lappalainen et al., 2008; Valdes and Parada, 2009) . In this work the Euler-Euler model is described and adopted for calculation of gasliquid co-current flow in a TBR. Closure laws from the literature are discussed and tested over a set of original experimental data as well as data available in literature: Boyer et al. (2005) and Marcandelli et al. (2000) .
Mass and momentum conservation equations
Mass and momentum balances are written considering the following average quantities for each phase denoted q (q refers to gas or liquid) over a representative volume V:
where V k is the volume of phase k within the representative volume which results in the following geometric relation:
• Intrinsic average velocity of phase k:
where pk u  is the interstitial porescale velocity of phase k.
• Intrinsic average pressure of phase k:
where pk p is the interstitial pore-scale pressure of phase k.
The continuity equation for phase k writes:
The macro-scale momentum balances for gas and liquid phases resulting from averaging procedure over pore-scale Navier-Stokes could be written as follows (Boyer et al., 2005; Lappalainen et al., 2009-a&b; Fourati et al., 2013) :
In equations (2) and (3), the explicit pressure gradient term is based on gas phase pressure (p=p g ).
is the divergence of the average stress tensor. This term depends on the intrinsic average velocity of the considered phase and writes as follows -assuming a constant phase viscosity over the averaging volume-: ( )
. Since the gradient of average velocity is negligible comparing to this of local velocity fluctuations within a pore (Whitaker, 1999) , one could neglect the latter term.
Moreover, gs F  and ls F  refer, respectively, to gas-solid and liquid-solid interaction forces due to porous resistances (Fourati et al., 2013) . Gas-liquid interactions are accounted for using the shear term Ik F  analogous to drag force in dispersed gas-liquid flows.
are dispersion forces in the porous medium that apply, respectively, to gas and liquid, and include capillary as well as mechanical effects (Lappalainen, 2009 a,b) .
Finally, the momentum balance at gas-liquid interface writes: (Whitaker, 1996) that allows modeling the resistance induced by the medium geometry in a given phase. With respect to this formalism, gas-solid and liquid-solid interactions include viscous and inertial forces that could be written for the three flow directions owing to viscous and inertial resistance tensors : k D and k C (Fourati et al., 2013) .
(5) where k accounts for gas or liquid phases.
In order to model resistance tensors, several suggestions have been made. Ergun-like models as well as relative permeability models are widely used to account for porous resistances in the particular case of trickle-bed reactors (Saez and carbonell, 1985; Attou et al., 1999; Boyer et al., 2005; Iliuta et al., 2000) . Ergun-like models are mostly inspired from the phenomenological onephase Ergun model assuming a different hydraulic diameter for gas and liquid when these are in contact. On that basis, Holub et al. (1992) suggested viscous and inertial resistances that depend on liquid saturation, bed geometrical characteristics (void and specific surface area) as well as Ergun constants. However the resulting macroscopic model does not take into account gas-liquid interactions that become important when gas and/or liquid inertia increase. Attou et al. (1999) built a phenomenological macroscopic hydrodynamic model in trickle-bed reactors based on the balance of forces exerted on both phases at a particle scale. Within this formalism, the suggested porous resistance that applies to liquid is weighted by the medium tortuosity, itself estimated as the reciprocal of the liquid saturation. Starting from this same macroscopic model, Boyer et al. (2007) conjectured that tortuosity in liquid phase depends, via liquid film curvature (and thus surface tension), on gas inertia (Narasimhan et al., 2002; Kundu et al., 2003; Boyer et al., 2007) . Based on experimental data for aqueous and organic liquids, the authors suggested tortuosity to write as α L n where n values are respectively -0.53 and -0.02. Unlike in Holub et al. (1992) provided an adapted mesh density is considered. We have thus retained Boyer et al. (2007) model to account for porous resistances as well as gas-liquid interactions in the present work.
By viewing trickle-bed reactors as isotropic media, porous resistances described in equation (5) on both phases write as follows (Boyer et al., 2007) :
In equation (6), fluid-solid momentum exchange coefficients ks K are expressed as follows:
Gas-liquid interaction force contains viscous and inertial contributions as well and writes as follows:
Where gl K is a gas-liquid interaction coefficient that writes as follows:
In closure laws expressed in equations (7), (8) and (10), viscous and inertial Ergun constants E 1 and E 2 are taken equal to 150 and 1.75. These have been validated upon pressure drop measurements in single-phase upward liquid flow on 5 different liquid-solid systems (Boyer et al., 2007) .
b/ Capillary dispersion
The two-fluid model allows solving for a single averaged pressure field that equals gas pressure.
Therefore a capillary pressure model is needed to account for the pressure jump, p g -p l , across gasliquid interface due to local film curvature. The gradient of capillary pressure induces capillary dispersion that applies for the liquid by chosing gas-phase pressure as the dependent pressure variable in the model formulation (Lappalainen et al., 2008; Fourati et al., 2013) .
Several authors have proposed capillary pressure models (Leverett, 1941; Grosser et al., 1988; Attou and Ferschneider, 2000; Wilhite et al., 2005; Lappalainen et al., 2009-b) . Grosser et al. (1988) proposed empirical model to relate capillary pressure to liquid saturation based on Leverett (1941) experiments. The model has been questioned since then and was shown to behave well in regimes of moderate liquid saturation but fails in reproducing pendular regimes that correspond to low liquid saturations (Lappalainen et al., 2009b) . One could also point out the tendency of the model to predict non-physical subsequent capillary pressure when bed void fraction tends to 1 making it inapplicable for large particle diameters. Lappalainen et al. (2009-b) reminded that the relevance of Leverett's function used in Grosser et al. (1988) model is not known very well in the case of relatively large particles used in trickle-bed reactors. Lappalainen et al. (2009-b) proposed a capillary pressure empirical model based on local geometrical characteristics of gas-liquid interface curvature. Two capillary regimes -funicular and pendular-have been considered based on the shape of the gas-liquid interface. Curvature is described using polynomial functions that involve experimentally fitted coefficients over experiments of Dodds and Srivastava (2006) . The resulting model, based on three polynomial functions, gives good tendencies of capillary pressure in pendular regime (sharp rise of capillary pressure when liquid saturation decreases) but still with important discrepancies in that particular regime. Attou and Ferschneider (2000) proposed a capillary pressure model based on Young-Laplace equation. Two main curvatures of the gas-liquid interface have been thus considered. The first involves a characteristic diameter d 1 defined as the equivalent diameter of a solid particle covered by a liquid film. The second uses an equivalent hydraulic diameter d 2 of an interstitial channel approximated by the minimum diameter of three contacting spheres. The authors proposed expressions for gas-liquid interface curvatures that involve liquid saturation, bed void-fraction and particle diameters based on geometrical considerations. In order to account for the decrease of gasliquid interface curvature at elevated operating pressures consistent with increasing gas density, Attou and Ferschneider (2000) proposed an ad hoc correction factor, F(ρ G /ρ L ), on capillary pressure. Such factor has been proposed based on Wammes et al. (1990 Wammes et al. ( , 1991 experimental results on transition from trickling to pulse flow regime. Attou and Ferschneider (2000) model has been validated upon a large range of experimental data regarding the onset of transition from trickling to pulse regime using different particle diameters, particle shapes and pressure. As compared to the model of Lappalainen et al. (2009b) , this model does not match with static capillary pressure data from literature based on capillary suction method (Dodds and Srivastava, 2006) for very low liquid saturations. However, the model predicts very well capillary pressure in regimes of moderate liquid saturation in which trickle-bed reactors commonly operate. For the reasons cited above and since Attou and Ferschneider (2000) model does not include empirical variables, it has been retained in this work to account for capillary pressure in Euler-Euler simulations in a gas-liquid trickle-bed reactor. The latter model has also the advantage of being relatively simple to implement in a CFD simulation.
Therefore, the capillary pressure writes:
accounts for the effect of gas density on capillary pressure.
From equation (11) one could express capillary saturation gradient that gives rise to capillary liquid dispersion as follows:
In equation (12) the characteristic diameter d min is defined as the minimum equivalent diameter of the area delineated between three contacting spheres and is expressed as follows:
Mechanical dispersion is a phenomenon that occurs in packed bed reactors in general due to the particular geometry of the porous medium in which the fluids are allowed to evolve. Lappalainen et al. (2009b) suggested that mechanical dispersion is essential to predict liquid spreading and has increasing effect as particle size goes up. Fourati et al. (2013) discussed the mechanistic origin as well as the theoretical foundation of mechanical dispersion forces in packed beds. These authors interpreted dispersion as due to local spatial fluctuations of pore-scale liquid velocity at pore scale in the packed bed. It is indeed the macroscopic velocity deviation from the volume-averaged velocity which per se causes dispersion. From a theoretical point of view the authors pointed out that the term expressing the divergence of local velocity deviations correlation tensor (Whitaker et al., 1973) could be understood as a mechanical dispersion term. A few studies have proposed macroscopic generic forms to model mechanical dispersion (Mewes et al., 1999; Liu and Long, 2000) but explicit closure laws remain scarce. Lappalainen et al. (2009b) suggested a mechanical dispersion force analog that accounts for diffusion of passive tracers. The authors proposed cast mechanical dispersion forces in both gas and liquid in terms of the so-called spread factor (S m ) and specific drift velocities. Mechanical dispersion forces in liquid and gas write, respectively, as follows (Lappalainen et al., 2009b , 2011 , Fourati et al., 2013 :
In these equations, ks K (k=g,l) and K gl are, respectively, momentum exchange coefficients and gas-liquid interaction coefficients previously expressed in equations (7), (8) and (10).
Drift velocities for liquid and gas are functions of fluid saturation gradient and write as follows (Lappalainen et al., 2009b) :
Spread factor S m is usually determined from liquid spreading experiments starting from a single liquid feeding point. Comprehensive representations to predict spread factors for different particle sizes and shapes are quite scarce (Lappalainen et al., 2009b) . These latter compared several literature approaches to experimental data and showed that Baldi and Specchia (1976) representation was the least unsatisfactory. The same authors conducted tracer dispersion experiments for particles of different sizes and shapes (beads, Berl saddles and Raschig rings) for the water-air system. They extended the correlation of Onda et al. (1973) to account for particle shapes. For spherical particles, the resulting correlation is:
This correlation allows satisfactory agreement with Baldi and Specchia (1976) experimental data as well as data from Porter et al. (1968) and Cihla and Smith (1958) . Lappalainen et al. (2009 b) also hypothesized that dispersion acts on both liquid and gas. In tricklebed reactors where liquid flows mainly as films on the packing surface, mechanical dispersion impacts, in the first place, mostly the liquid phase as pointed out by Fourati et al. (2013) and confirmed via numerical simulations. In the present simulations, exhaustive modeling of dispersion in both gas and liquid is considered.
Experimental data base
In this section two main sets of experiments are presented. Experimental data will be then compared to simulations at the same geometrical and operating conditions. In addition to these measurements, a new set of data based on Boyer et al. (2005) experiments is added in terms of particles diameter, liquid and gas flow rates (see Table 1 ). Measurements were actually carried out using the same column geometry, γ-ray tomography technique, liquid inlet configuration and locations of liquid saturation profiles as described in Boyer et al. (2005) , see also Figure 1 . Pressure drop across the trickle-bed was also measured.
3.2 Liquid spreading from off-center inlet distribution : experiments of Marcandelli et al. (2000)
Marcandelli et al. (2000) investigated liquid distribution in a 0.3 diameter and 1.3 high column packed with 2 mm glass beads and using air-water system. These authors considered different liquid and gas feeding configurations and measured liquid flow rate using 9 collectors of constant surface at the bottom of the column. In this study, we chose only off-center liquid feeding configuration where gas was fed through four 25 mm ID chimneys while liquid is injected through two 2.5mm ID orifices as illustrated in Figure 2 in the cocurrent mode. Unlike the symmetrical point injection described in section 3.1, this liquid inlet geometry allows judging the capability of In equation (18), N accounts for the number of collectros (9 in this case), Q i for the liquid flow rate through a given collector referenced by i and Q mean for the mean flow rate defined as an arithmetic average of flow rates (equal area sampling domains) collected at bottom of the packed bed.
Experimental data have been provided in terms of liquid distribution profiles by means of % of total liquid flow rate in each collector as well as maldistribution index for given liquid and gas superficial velocities. These authors indicated relative errors on measured liquid flow rates in collectors ranging from 8 to 10%.
Simulation Results
Simulations have been carried out within Ansys Fluent 14.5 CFD environment. The basic EulerEuler formalism available within this software has been extended with User defined Functions to account for the specific closure laws described in section 2.
An unsteady-state solver with implicit temporal discretization scheme of order 2 has been used. Upwind scheme of order 2 has been considered for spatial discretization.
Liquid spreading from a source point

Simulation conditions
In order to simulate liquid spreading experiments described in section 3.1, a two-dimensional computational grid has been used considering an axisymmetric condition on the column axis. The longitudinal bed extension has been reduced to 1 m in order to reduce calculation time. 2 mm x 4 mm rectangular grid cells have been considered. Velocity-inlet conditions have been used at the domain inlet and a pressure-outlet condition has been specified at the domain exit.
Most of simulations have been carried out using constant bed void-fraction: 37% in the case of 1.99 mm particles and 41% in the case of 6 mm particles. Case 1 (Table 1) has been simulated using both constant bed void-fraction and axial void-fraction profile described in section 3.1. However, in all simulation cases, bed void fraction is assumed constant in the radial direction conceiving that a ratio d p /D c is 20 is large enough to ignore radial void effects (Boyer et al., 2005; Herskowitz and Smith, 1978) .
Results and discussion
In Figure 3 , liquid saturation fields as well as liquid jet contours in simulation and experimental cases described in Table 1 Numerically, determination of the extent of liquid jet for given conditions requires a criterion on liquid saturation or derivative thereof. In the first case, a threshold of saturation at the liquid jet limit is to be considered making liquid jet contours dependent on that specific value. In this study, liquid jet width is defined as the radial coordinate r at which a discontinuity is observed on liquid Table 2 , the values of liquid jet width, denoted R jet , are given for experimental and inherent simulation cases described in Table 1 .
Effect of bed void fraction on liquid jet spreading
Case 1 (Table 1) was simulated considering constant bed void-fraction of 0.37 then considering longitudinal void-fraction profile determined in Boyer et al. (2005) . Simulation results in both cases are presented in Table 3 .
Implementation of longitudinal void-fraction profile obtained experimentally allows slight improvement in pressure drop prediction along the bed. In this case, constant relative error of 30% is obtained on pressure drop in two longitudinal zones (Table 3) . As far as liquid jet width is concerned, implementing a variable void-fraction profile does not influence simulation results.
Consequently, one could consider constant bed void fraction amply sufficient to predict liquid spreading in this bed geometry without altering the quality of model prediction.
Effect of particles diameter on liquid jet spreading
In order to determine the effect of particle diameter on liquid spreading, one should compare respectively case 1 and case 4, case 2 and case 5, case 3 and case 6 ( Figure 3 and Table 2 ).
Experimental data in terms of R jet (Table 2) As far as simulations are concerned, globally less subsequent liquid jet spreading across the bed is predicted for 6 mm particles ( Figure 3 and Table 2 ). Lappalainen et al. (2009b) reported equally a slight decrease in liquid spreading when replacing 6.35 mm diameter particles with 9.53 mm diameter ones, based on radial liquid flux profiles from Herskowitz and Smith (1978) .
Liquid spreading shortage for coarser particle observed in this study is essentially due to the decrease of capillary dispersion forces with particle diameter. On the other hand, mechanical dispersion forces become more important as particle diameter increases as learnt from equation 16.
However such increase is insufficient to compensate for the loss due to capillary forces thus generating less jet spreading for 6 mm particles.
Evolution of the radial component of mechanical and capillary dispersion forces are shown on Figure 6 for d p =1.99 mm and d p = 6 mm. Figure 6 shows that liquid spreading is governed by capillary dispersion forces for small particles and mechanical dispersion forces for coarser particles as has been underlined in Lappalainen et al. (2009b) as well.
Moreover Figure 3 shows very good agreement between experimental and predicted profiles of liquid jet for larger particle diameter. Relatively higher relative errors are observed for smaller particle. This implies, in all likelihood, that mechanical dispersion, though more accurately described in the present model is not sufficient considering that current capillary dispersion force tends to inflate liquid spreading for particles of small diameter.
Effect of liquid flow rate on liquid jet spreading
In order to investigate liquid flow rate effect on liquid spreading in trickle-bed reactor, one should compare respectively results inherent in case 1 and case 3 (d p = 1.99 mm) then case 4 and case 6
(d p = 6 mm) described in Table 1 .
Experimental data given in Figure 3 and Table 2 show that an increase in liquid flow rate leads liquid jet to widen at upper and intermediate elevations of the trickle-bed (~35% wider) then to tighten for lower longitudinal positions (~12% tighter). Such observations are persistent for both particle sizes examined in this work.
Simulations predict basically liquid jet widening near the trickle-bed top (~18% wider) when liquid flow rate increases but liquid jet extent remains almost unchangeable at deeper downstream bed locations. Increase of liquid jet width near bed inlet for higher liquid flow rates is explained by important liquid velocity at the bed entrance in one point injection conditions. This results in higher mechanical dispersion force (Equations 13, 14 and 15) and consequently wider liquid jet at top of trickle-bed.
Effect of gas flow rate on liquid jet spreading
In order to investigate liquid flow rate effect on liquid spreading, one should compare respectively results inherent in case 1 and case 2 (d p = 1.99 mm) then case 4 and case 5 (d p = 6 mm) described in Table 1 .
According to experimental data given in Figure 3 and Table 2 , increasing gas flow rate does not influence liquid spreading near the bed inlet but causes jet confinement for lower longitudinal positions (~15% tighter liquid jet). This is basically observed irrespective of the particle sizes examined in this work.
As far as simulation results are concerned, no gas effect on liquid spreading is observed. As a matter of fact, the criterion used in this work to determine liquid jet extent (section 4.1.2) does not allow reproducing jet confinement at the bottom of the bed. In order to make visible such phenomenon, one should rather focus on liquid saturation profiles. Based on Figure 7 , liquid jet width reduction is only ~7%. More important liquid jet confinement is obtained in experiments (Table 2) .
A few experimental studies have dealt with gas effect on liquid spreading (Moller et al., 1996; Saroha et al., 1998; Kundu et al., 2001) . Gas flow rate is recognized to have a moderate impact on liquid distribution in trickle-bed reactors as compared to liquid flow rate. Globally, gas flow is shown to improve liquid distribution, for a given liquid low rate, and reduce flow in the near-wall region when liquid is injected from uniform distributor. This is due to increase of pressure drop that leads to better radial liquid spreading when gas flow rate is increased (Moller et al., 1996; Kundu et al., 2001) . Llamas et al. (2009) 
In this section, experiments of Marcandelli et al. (2000) have been considered. Contrarily to liquid feeding configuration from a central nozzle, these experiments allow test the present developed model in off-center feeding conditions resulting in 3D non-axisymmetric flow.
Simulations have been carried out considering 3D grid that represents half of the column described in section 3.1. The simulation domain has been chosen so that symmetry of the flow is fulfilled.
Gas and liquid, flowing in the co-current mode, have been introduced in the domain through velocity inlet conditions and gauge pressure has been specified at the trickle-bed outlet. Superficial velocities of gas and liquid used for simulation are, respectively, 3E-03 m/s and 51E-03 m/s (Marcandelli et al., 2000) . Trickle-bed void fraction was considered constant and set equal to 39 % (Llamas, 2009) . Relatively small time steps, varying between 1E-05 s and 1E-02 s, were required for this simulation. 
CONCLUSION
In this work, an Euler-Euler model is proposed and validated to simulate the hydrodynamics in trickle-bed reactors in terms of liquid spreading. Closure laws are discussed in order to account for fluid-solid interactions, fluid-fluid interactions as well as dispersion forces induced by the medium geometry and phasic inertia. The model includes exhaustive description of dispersion mechanisms that contribute to liquid dispersion, namely, capillary (Attou and Ferschneider, 2000) and mechanical (lappalainen et al., 2009-b) . In order to validate the model, simulations have been conducted in experimental conditions described in the studies of Boyer et al. (2005) and Marcandelli et al. (2000) .
In the first configuration, liquid is injected in the trickle bed from a centered single feeding point located at top of the bed. The second configuration corresponds, however, to an off-center injection resulting in truly 3D flow patterns.
Calculations in the first feeding conditions are compared to a new set of experimental data based on γ-ray tomography validated in Boyer et al. (2005) regarding different bed geometries and operating conditions. Simulations show satisfactory agreement with experimental data in terms of pressure drop and deliver an acceptable magnitude of liquid jet extent at different bed positions. A sensitivity analysis to bed geometry in terms of void fraction and particle sizes has been carried out. It has been shown that mechanical dispersion is predominant over capillary dispersion the larger the particle diameter. Accuracy of mechanical dispersion model has been pointed out based on excellent agreement with experimental data. The impact of gas and liquid flow rates on liquid spreading has been also investigated. Liquid flow rate is shown to promote liquid spreading especially near the bed inlet with much less extent farther downwards. Conversely, gas flow rate increase is shown to bring about only a moderate liquid jet confinement across the entire trickle-bed domain.
Finally, simulations of off-center liquid injection conditions described in Marcandelli et al. (2000) were possible owing to 3D model simulations allowing accurate prediction of liquid flow patterns in this case.
In order to enhance the model prediction for different geometrical and operating conditions, extensive experimental data are still required in order to confirm liquid spreading tendencies for significant range of particles diameter and phases flow rates. Development of adapted capillary dispersion models for trickle-bed reactors at different operating regimes is still required.
Provided it is used in conjunction with pilot-scale experimental studies, CFD is shown to be a powerful and complementary asset to predict flow-structure hydrodynamic phenomena in tricklebed reactors. Indeed, the Eulerian-Eulerian two-fluid model can be used to investigate phases distribution in TBRs at industrial column scale. For instance, this allows to evaluate the quality of distribution for different particle grading sizes and to study the evolution of mal-distribution. List of Tables   Table 1 : Operational and geometrical conditions of liquid spreading experiments Table 2 : Liquid jet width Rjet at different longitudinal positions for simulation cases described in Table 1 . Comparison between experimental data and simulations results Table 3 : Simulation and experimental results (Boyer et al., 2005) in case 1 for constant and variable bed void-fraction 
